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Fuel cell power systems

application or mobile source of electrical energy have

MODELLING AND SIMULATION OF
MICROCHANNEL CATALYTIC WGS REACTOR
FOR AN AUTOMOTIVE FUEL PROCESSOR

The water—-gas shift (WGS) is one of the major steps for H> production from
gaseous, liquid and solid hydrocarbons. It is used to produce hydrogen for
ammonia synthesis, to adjust the hydrogen-to-carbon monoxide ratio of
synthesis gas, to detoxify gases. The WGS reactor is widely used as a part of
fuel processors which produce hydrogen-rich stream from hydrocarbon-
based fuels in a multi-step process. The WGS unit is placed downstream the
fuel reformer in order to increase overall efficiency of hydrogen production
and to lower CO content in reformate. Fuel processors stand for considerable
option for fuelling PEM fuel cells for both portable and stationary applications.
Micro—structured reactors are used with benefits of process miniaturization,
intensification and higher heat and mass transfer rates compared with
conventional reactors. Micro-structured reactor systems are essential for
processes where potential for considerable heat transfer exists as well as for
kinetic studies of highly exothermic reactions at near-isothermal conditions.
Modelling and simulation of a microchannel reactor for the WGS reaction is
presented. The mathematical models concern a single reaction channel with
porous layer of catalyst deposited on the metallic wall of the microstructure
unit. Simplified one-phase and more sophisticated two-phase models, with
separate mass and energy balances for gas and solid phase at different levels
of complexity, were developed. The models were implemented into gPROMS
process modelling software. The models were used for an estimation of
parameters in a kinetic expression using experimental data obtained with a
new WGS catalyst. The simulations provide detailed information about the
composition and temperature distribution in gas phase and solid catalyst
inside the channel.

Key words: water-gas shiff, catalyst, microchannel, reactor, fuel

processor, modelling.

transportation composition of the reformer effluent depends on the

reforming technology and choice of operating

received increased attention in recent years because of
their potential for high fuel efficiency and lower
emissions [1]. A fuel cell converts hydrogen and oxygen
into water, directly generating electrical energy from
chemical energy without being restricted by efficiency
limits of Carnot thermal cycle [2]. The most promising
fuel-cell technology for transportation applications has
been shown to be the polymer electrolyte membrane
(PEM) fuel cell operating with hydrogen [3]. Lacking a
hydrogen fuel delivery system, a fuel processor (FP)
may be required to generate a hydrogen-rich stream
using infrastructure fuels as gasoline or diesel [4]. The
most efficient fuel-cell anodes are based on precious
metals [5] which are sensitive to deactivation by carbon
monoxide adsorption at low temperatures and it is
essential to reduce the amount of CO entering the cell.

The fuel processor (FP) produces hydrogen-rich
streams from hydrocarbon-based feedstocks in a
multi-step process [6]. Vaporized fuel is converted in a
reforming unit that involves steam reforming (feed is
composed of fuel and steam), or autothermal reforming
(i.e. feed is fuel, steam, and air). Although the specific
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conditions, we have to take into account the presence of
CO in concentration of about 8-10 % mol. Because CO
is a poison to the fuel cell electrocatalyst, its presence in
the product stream must be reduced to less then 50
ppm. This task is partially accomplished by a water—gas
shift (WGS) reactor. WGS is typically performed as a
staged process. Conversion of CO from reforming
requires high temperature shift (HTS) run at close to
equilibrium to reduce the levels to 3-5% CO. Then,
medium temperature shift (MVDS) or/and low temperature
shift (LTS) are used for further CO conversion and
additional H, formation. Chemical equilibrium limits the
conversion achieved in the WGS reactor, thus final CO
cleanup occurs in the preferential oxidation unit (PrOx)
in which the desired reaction is the oxidation of carbon
monoxide [7, 8]. A schematic drawing of the overall FP
system is shown in Fig. 1.

WGS is one of the major steps for H, production
from gaseous, liquid and solid hydrocarbons. It is used
to produce hydrogen for ammonia synthesis, to adjust
the hydrogen-to—carbon monoxide ratio of synthesis
gas, to detoxify gases. WGS reaction can take place
whenever carbon monoxide and water are present and
therefore it may be an important step or side reaction in
many processes. In the fuel processor for PEM fuel
cells, the WGS reactor provides primary CO cleanup, as
well as secondary hydrogen production. The WGS is
equilibrium exothermic reaction:
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Figure 1. Schematic drawing of a fuel processing system
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Typical commercially used catalysts for the
reaction are FesO,~Cr,Os used at 320-450°C as t he
high-temperature WGS catalyst, Cu-ZnO/Al,O3, which is
the low temperature WGS catalyst used at 200-250°C,
and Co-Mo/Al,QOg, used at 150-400°C, which is stable
towards sulphur impurities [9].

Kinetics of the WGS reaction on these commercial
catalysts has been studied widely during past 50 years.
However, there is still some disagreement on the precise
form of the rate equation and values of rate constants
and activation energies. The reaction kinetics for WGS
reaction under high and low temperature conditions and
for a wide variety of catalyst has been studied by Keiski
and co-workers [9-11]. Apart from a number of kinetic
expressions based on mechanisms, the following
power—law type rate expression was found as
appropriate for both low and high temperature catalysts

[11]:
foo = koexp (-E/RT) ¢ (CO)"c (H0)" (1-B) (@)

where [3 stands for the reversibility factor:

B= P(COL)p(H2) @)
P(H20)p(CO)Keq

and K is the equilibrium constant of the reaction. More
recently, Choi and Stenger [12] examined behaviour of
commercial Cu/ZnO/Al,O; catalyst between 120 and
250°C in a micro—reactor testing unit for using in fuel
processor for FC application. Apart from several kinetic
expressions based on reaction mechanism, a simple or-
der reversible reaction rate equation (equation with n =
m = 1) was found to fit their experimental data with a
high degree of accuracy.

The activity of existing commercial WGS catalysts
is generally low, and as a result, the largest fraction of
the FP volume is occupied by WGS part [6].
Low-temperature catalyst activity and stability are the
main issues related to the WGS reactor. Most industrial
WGS catalysts have been developed for operation at
higher temperatures. A viable WGS catalyst for an
automotive fuel processor must demonstrate sufficient
activity over a reasonable temperature range, have
2000-5000 h stability, be non—pyrophoric (a feature not
possessed by conventional Cu-based catalysts), and
have quick start-up procedure [8]. There has been
considerable attention placed on new WGS catalysts for
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fuel processing applications. However, an effective
commercial catalyst is still under development [13]. One
catalyst receiving much attention as a potential
candidate is cerium oxide or ceria (CeO,) loaded with a
reduction promoter metal, for example Rh, Pt, Pd, Ni, Fe,
Co and Cu [13-16]. However, there is a disagreement
on the reaction mechanism and role of ceria and
promoters in the WGS mechanism.

Conventional fuel processing technology is based
on fixed—bed reactors, which do not scale well with the
small modular nature of fuel cells. The design of fuel
processor based on micro—structured reactors could
overcome this problem eventually. Tonkovich et al. [17]
reported on a different approach to WGS using
microchannel reactors. More recently, the utilization of
microreactors for the gas phase reactions and for
portable hydrogen production is excellently reviewed by
Kolb and Hessel [18] and by Holladay et al. [19].
Microchannel reactors reduce size of conventional
chemical reactors without lowering the throughput. Heat
and mass transport limitations slow the observed
reaction rates in conventional reactors, but are reduced
in microchannel reactors, and thus facilitate exploiting
fast intrinsic reaction kinetics, i.e. high effectiveness
factor. For these reasons, microchannel reactors find
usage in fuel processors, which are a critical reactor
technology for the deployment of PEM-based fuel cells
for both portable and stationary power application [1].

The aim of this work was to develop mathematical
models of a microchannel catalytic reactor, to use them
for estimation of kinetic parameters for experimental
data from a test microreactor and finally to simulate the
pilot plant or full-scale reactor. The mathematical
models concern a single reaction channel with porous
layer of catalyst deposited on the channel's wall.
Channels are formed in metallic platelet which is a basic
structural element of a microstructure unit. Simplified
1-dimensional and more detailed 2-dimensional
2-phase models, with separate mass and energy
balances for gas and solid phase, were developed. The
conventional empirical kinetic equation given in Eq. was
used for processing experimental data from
microchannel catalytic reactor coated by a new
Pt/CeO2/Al20O3 catalyst. Parameters of a kinetic
expression for WGS reaction were estimated from
experimental data using the 1-D model. Simulations and
parameter estimation were performed in gPROMS
modelling, simulation and optimization environment
[20]. The gPROMS software permits mathematical
modelling of arbitrarily complex dynamic operations
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distributed over two spatial domains in terms of mixed
systems of integral, partial differential, and algebraic
equations. Results of the simulations provide detailed
information about the composition and temperature
distribution in gas phase and solid catalyst inside the
channel.

MATHEMATICAL MODELS

There are several alternatives in modelling
microchannel reactor systems with catalytic active layer.
Two approaches are used in this study; they are called
1-D model and 2-D model. Both are 2-phase models
with different heat balances for gas and solid phase;
2-D model (by contrast to 1-D model) considers
2-phases also in the mass balances. Microreactor built
of microstructured metal alloy platelets with
microchannels and catalytic layer deposited on the
channel’s wall is considered. The models differ mainly in
character of catalytic layer by involving a radial
concentration profile in the 2-D model. Description of
the dynamic models is given hereinafter and the
equations are summarized in the appendix. Dynamic
models are presented in spite of usage of steady states
in this study, because the dynamic simulations were
performed to obtain a steady state due to convergence
problems with stationary simulations.

Main assumptions

Some assumptions are the same for both models:

 Single—channel model. The flow distribution at
the reactor inlet and ouitlet is supposed to be uniform as
well as the temperature distribution in cross section area
of the microreactor. Therefore, every channel within the
microreactor structure behaves alike and only one
channel needs to be analyzed. Fig. 2 shows scheme of
the microstructured platelet and the particular

I Pl ey
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single—channel geometry used in this study. A cylindrical
channel (half of it) is used to approximate the actual
shape of the channel, together with the catalytic layer on
the wall. The supporting metal alloy platelet is
considered in the enthalpy balances.

* Adiabatic channels. The adiabatic behaviour of
the reactor is considered.

* Constant pressure. No pressure drop is considered
in this study.

» Heat conducting walls. Thermal conductivity of
the high-conducting metallic plates cannot be
neglected. The constant temperature in radial direction
and developing axial temperature profile are considered.

* No homogeneous chemical reactions take place.
The chemical reactions in the gas—phase are neglected.

« Ideal gas behaviour. The gas mixture is assumed
ideal since pressure is usually low (<5 bar) and
temperatures are elevated (200-350°C).

1-D model

The first model represents the 1-D plug—flow
reactor model for the gas phase. If the gas—phase
reactions are neglected, only the surface reaction needs
to be considered and it is involved in the gas phase
mass balance via the effectiveness factor of the catalytic
layer (Eqg. (7)). For the studied system, the metal alloy
platelet and two enthalpy balances are considered
(Appendix; Equations 10 and 13) to cover both the
convective nature of the gas—phase and significant axial
heat conduction behaviour of the metallic plate (and its
dominant heat capacity which is important for dynamic
simulations). The heat transfer coefficient is used to
cover the heat transfer the heat transfer between the
solid and the gas phase. Temperature of the catalytic
layer is assumed to be equal to temperature of the
metallic plate. The heat capacity of the solid phase is
calculated as weighted sum of plate and catalyst heat

Figure 2. Scheme of the microchannel platelet, the channel detail and the channel cross—section area
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capacity. The thermal conductivity of the metal alloy is
taken as the dominant.

2-D model

The second modelling approach concerns the 2-D
model. There are considered two—phases (gas and solid
catalyst) described by 2 spatial dimensions — axial for
the gas phase mass and heat balances and for the solid
phase enthalpy balance, and radial for the solid phase
mass balance. The axial convection, axial dispersion
and the gas-solid phase mass transfer are taken into
account in the gas—phase mass balance (Appendix; Eq.
(16)). The solid-phase mass balance consists of radial
diffusion term and the surface reaction term (Appendix;
Eqg. (20)). No axial diffusion is considered for the solid
phase balance. The mass transport into the gas phase is
covered by the boundary condition at the gas-solid
phase interface using the gas-solid mass transfer
coefficient (Appendix; Eq. (21)). The enthalpy balance
for the gas phase takes into account axial heat
conduction (Appendix; Eg. (24)). The constant
temperature in radial direction due to high metal alloy
thermal conductivity is considered for the solid phase
(Appendix; Eq. (28)). The mean value of reaction rate for
the calculation of heat generation in solid phase heat
balance equation is used (Appendix; Eqg. 29)).

RESULTS AND DISCUSSION

WGS thermodynamics

The often-referred equilibrium constant of WGS
reaction is given by Moe [21]:

1nKeq:$+B 4)

where A=4.577.8 and B=—4.33. A conventional form of
equilibrium constant calculated from thermodynamic
properties can be represented by following equation:

In Keq:$+b.|nT+c.T+d.T2+%+f ©)

where the parameters can be found in literature [22]: a
= 56935, b = 1.077, ¢ = 5.44x10°, d = -1.125x107, e
= -49170 and f = —13.148.

The equilibrium constant of WGS reaction was
calculated from thermodynamic properties of reaction
components [23] in this work and we propose following
parameters for equation : a = 5729.8, b = 1.567, ¢ =
-1512x107% d = 0, e = —47625, f = —16.006. To simplify
the calculation of the equilibrium constant the
dependence of Keq on temperature was fitted for the
temperature range of 200-450°C by expression in the
form of equation (4). We propose following values of
parameters: A = 4655.7 and B = —4.4022. Based on the
same thermodynamic data the temperature dependence
of reaction enthalpy was calculated and the following
equation was obtained when fitted by polynomial:

AH = —43570 + 6,137 T +2.602x10° T2 [Umol']  (6)
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WGS Kkinetic parameters estimation using
experimental data from microchannel test reactor

The experimental data from catalytic tests on WGS
microreactor [24], were used for the kinetic parameter
estimation. These data were obtained by experimental
tests with new Pt/CeO2/Al2O3 catalyst deposited on
microchannels’ wall. The test microreactor was made
and provided by Institut fir Mikrotechnik (IMM) Mainz
and it consisted of microchannel platelets. The platelet is
sketched in Fig. 2 and its main dimensions are
summarized in Table 1. The experiments were
performed isothermally and CO conversion at the end of
reactor was measured for different temperatures and
feed compositions.

Table 1. Dimensions of experimental microchannel platelet
used in microreactor for kinetic tests

mm
Channel width 0.6
Channel height 0.4
Plate height 1

Distance of channels 1

Length 50
Channels per plate 49

The mathematical model using the empirical
exponential kinetic equation (Eq. 2) was applied in this
work for fitting experimental data from microreactor with
the new Pt/CeO,/Al,O; catalyst. Four parameters from
Eg. (2) need to be estimated: ko, E, n and m. The
parameters estimations (PE) were performed in
gPROMS software. The objective function to be
minimized is in the form of maximum likelihood
estimation for a Gaussian distribution of measurement
errors. The isothermal form of the 1D-model (PFR
model) was used for the kinetic PE. The estimated
parameters are summarized in Table 2. Comparisons of
estimated conversions with the experimental ones are in
Fig. 3. The quality of the fit is demonstrated in Fig. 4 by
comparing the experimental and calculated CO
conversions.

Table 2. Estimated kinetic parameters

ko [(m®)™*Mkg/s/mol™ ™ 1.073x107
E [kJ/mol] 73.211
n[-] 0.178
m[-] 0.638

Simulations with 2-D model

The estimated kinetic parameters were used for
simulations performed with 2-D model. Mathematical
model forms a system of algebraic and partial differential
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Figure 3. CO conversion as a function of Woat /Fco™ [kg.s/mol].
Comparison of experimental data for different temperatures (in
°C) with predicted values
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Figure 4. Parity plot — comparison of experimental CO conversion
with calculated numerical value using 1-D model with estimated
kinetics

equations. The solution of such system presents a
considerable challenge for the accuracy and robustness
of the numerical solution method used. The system of
equations was solved in gPROMS simulation
environment. In this work, only the steady state results
are presented. However, the dynamic equations in form
described in appendix were solved, because
convergence problems occurred when trying to perform
stationary simulations. The 1% or 2™ order backward
finite difference method (BFDM) was used for axial
coordinate discretization, while 2™ order orthogonal
collocation on finite element method (OCFEM) was used
for discretization in radial direction of the catalytic layer
(for the 2-D model). The discratization of above models
leads to system of differential and algebraic equation
(DAE), which is solved by gPROMS using standard
solver that implements fully—implicit Runge-Kutta
method with a variable time step. Physicochemical
properties of gas mixtures were calculated depending

* 200
220
A 240
X 260
X280
® 300
+320

=340

on the actual temperature and composition using the
MULTIFLASH databank [26] as a foreign object for
gPROMS. Heat and mass transfer coefficients were
calculated based on equations used in literature for
modelling automotive catalytic converters [27].

Operation of WGS reactor (or reactors) in the fuel
processor to generate fuel cell grade hydrogen rich
stream must choose several operating parameters
subject to several constraints. The main constraints
include (i) inlet gas composition; (i) inlet gas flow rate;
(iii) the temperature exiting the reforming part of FP; (iv)
CO concentration exiting the downstream processes;
and (v) the water requirements for proper operation of
fuel cell [12]. The gas composition is dependent on the
fuel used in reforming stage and it is near equilibrium
composition for the temperature at the reformer outlet.
Due to high temperatures in the reformer (over 700°C)
we have to consider CO content around 10 mol%. The
inlet gas flow rate is constrained by catalyst activity and
amount of catalyst in the microreactor. The flow rate
should be low enough to achieve low CO concentration
near the equilibrium conversion at the WGS reactor
outlet. The CO concentration leaving the WGS reactors
must be sufficiently low so it can be treated by
preferential oxidation (about 1 mol%). The temperature
of inlet gas can be in some range determined by heat
management in the reforming part of fuel processor.
Desired value is affected by activity of used catalyst in
the first WGS step and we can consider values around
300°C. The minimum water content in the stream
entering PEMFC should be near 12 mol% for proper
humidification of a cell. We can suppose a sufficient
access of water in the reforming, which positively affects
the heat management and having positive effect on the
equilibrium of the downstream WGS reaction and on its
reaction rate. The value of H,O/CO = 3 at the WGS inlet
is used in this study.

The adiabatic WGS reactor operating with gas
mixture containing 10 mol% CO, 10 mol% CO,, 30 mol%
H,, 30 mol% H,O and 20 mol% N, was simulated with
the 2-D model for different inlet gas temperatures in the
range 250-350°C. Results in the form of axial profiles of
the gas temperature, CO and H; mole fractions and
effectiveness factor of the catalytic layer are in the Fig. 5.
Value of outlet temperature is indicated for each curve,
since it mainly affects the gas composition at the reactor
outlet. The adiabatic temperature rise in the reactor is in
the range of 79-85°C for all the cases. The gas
temperature affects the rate of CO consumption (H,
generation). The effectiveness factor of the catalytic
layer is calculated as ratio of integral mean reaction rate
in the catalytic layer and the reaction rate at the gas
phase —catalytic layer interphase (r = 0), usually referred
as the internal effectiveness factor, that is not affected by
the heat and mass transport from the gas phase to the
catalyst. The values of the factor under 40% for higher
temperatures indicate the importance of internal mass
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Figure 5. Simulation results of WGS reactor: axial profiles of the gas phase temperature, the effectiveness factor of the catalytic layer and
CO and H> mole fraction. Curves are for different inlet gas temperatures 250, 275, 300, 325 and 350°C with corresponding outlet tem-
perature (335, 364, 384, 407 and 429°C). Inlet composition: 10%CO, 10%C0s, 30%H20, 30%H> and 20%N2, Weat(outlet)/Fco(inlet) =

11.3 kg.s.mol” 1 pressure 3 bar

0.1

0.08 -
Ocm

0.06 \
[~ 2cm . \
002 TN % —————

3cm . 5cm

™~

0.04 icm

CO mole fraction

0 ; ; ; ;
0.2 0.4 0.6 0.8 1
ri]

Figure 6. Simulation results of WGS reactor: radial profiles of CO
mole fraction in the catalytic layer at different axial positions in
the reactor — from the inlet (0 cm) to the outlet (5 cm). The inlet
gas temperature is 300°C
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transport limitations at higher reaction rates. The radial
profiles of CO mole fraction at different axial positions for
one case of the inlet temperature (300°C) are shown in
Fig. 6. These results indicate that further improvement of
textural characteristics of catalyst would be necessary in
future research in this field.

CONCLUSIONS

Two mathematical models of microchannel reactor
with catalytically active layer were described. The 1-D
model was used for the estimation of kinetic parameters
of the empirical kinetic expression by fitting experimental
data from test microreactor coated with new
Pt/CeO,/Al,O; WGS catalyst. The catalyst can be used
in the WGS parts of fuel processors that generates
hydrogen-rich stream for PEM fuel cell vehicle
applications. The 2-D model was used for simulation of
WGS microreactor operations providing detailed
information about the composition and temperature
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distribution in gas phase and solid catalyst inside the
channel.
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Nomenclature

Am - cross—section area of the metallic platelet per channel
B — reversibility factor

ci —mole concentration of specie i [mol/ms]

cp - specific heat capacity [J/kg/K]

D& - dispersion coefficient [m2/s]

D - effective diffusion coefficient in the catalyst [m2/s]

E — reaction activation energy [J/mol]

€ — void fraction of the channel (€ = r1/r2)

g€s  — porosity of the catalytic layer

F' —flow from the cell j [ms/s]

AH - heat of reaction [J/mol]

h — heat transfer coefficient [W/mZ/K]

ns - effectiveness factor of the catalytic layer
Keq — equilibrium constant

ko - reaction rate constant [(m®"*™kg/s/mol" ™ ]
kai — mass transfer coefficient for specie i [m/s]
A — thermal conductivity [J/s/m/K]

L — length of the channel [m]

Ncomp — number of species

NRS - number of reactions on the catalyst

vik — stoichiometric coefficient of specie i in the reaction k
pi - partial pressure of specie i [Pa]

R® - rate of the surface reaction [mol/mzcat,/s]

r - radial coordinate [m]

r — internal radius of the tube [m]

ro  —external radius of the tube [m]

pc —gas density [kg/ms]
ps - catalyst density [kgcat/m°cat]
Sc - the catalyst specific surface [mg/kgcat.]

T — temperature [K]

t —time [s]

vz - linear velocity in axial direction [m/s]
X — conversion

z — axial coordinate [m]
Indexes:

IN  —reactor inlet

i —component i

G  —gasphase

S — solid phase (catalytic layer)
M - metallic support

MS - integrated balance of the catalytic layer and the metallic
support

APPENDIX - MODEL EQUATIONS

Dynamic balance equations of both models

presented in this work are summarized here.

1-D model

60
&5t

Mass balance:
fori =1 to Ncomp:

& NRS
~ev; =+ s (1-€)S6 (1 - &) ps D R Ui )

k=1
Boundary and initial conditions:
z=0¢=¢" 8
t=0,¢=c ©)
Enthalpy balance — gas phase:

ol oT, 2
CraPa FG = VCraPa EG + m hse (Mws—Ta)  (10)

Boundary and initial conditions:
2=0,Te=Tg (11)
t=0;,Ta=Ta (12)
Enthalpy balance — solid phase:

-1 T
@PMpM T[(AM ) (1-¢) CF’SF)sBaaﬂ

6 TIVS 2Tl]’1
=\ hsg (Tg — Tws) +
Mo T Ay e (T — Tims)

r2 r2 NRS
T s (1-e o ) R (0D (19)

k=1

Boundary and initial conditions:

OTws
oz

z=0andz =1L =0 (14

t=0; Tys =Ta (15)

2-D model

Mass balance — gas phase:

fori = 1 to Ncomp:

&C 0%t &’ 2
T D Ve ke (@D =) (19

Boundary and initial conditions:

&t
= 0; DG 5, = vz (e &™) (17)
3¢,
z=1L 5 =0 (18)
t=0 ¢ =c>° (19)
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Mass balance — solid phase:
fori =1 to Ncomp:

5c; 18]
& ?tl = D?eff argl + T _rIE"'
NRS

+Sa (1-£&) ps ) REUR

k=t

Boundary and initial conditions:

5CP
r=r; Dl = kai (7)emr, - cr)
s
s
e
r=ry; o 0

t=0 ¢ =c°
Enthalpy balance — gas phase:

oT,
CraPa FG = Ag

0 TG 3Ts
o7 —VLCpaPa >z +

2
+ " hsa ((Twms)r=r, — Ta)

Boundary and initial conditions:

oT
z=0; AT EG =veraps (Ta—TQ)

OTg _
z=1L 5 =0
t=0;Te=Ta

Enthalpy balance — solid phase:

-1 T
%PMpM + n(i‘i’wo (1- 8S)CF’SF)sg(aTMS =

Tys 21
62'\2/'8 + A—M1 hsa (Te — Time) +

2 _ 2 NRS
+ T oso (1 -eps 3. R (oD

k=1

=

where the mean reaction rate R® is defined as:

R° = 5 ;" % [ & (Tuech)ar
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Boundary and initial conditions:
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